The main purpose of a Fast Internal Circulating Fluidized-Bed Gasifier (FICFB) 
Introduction
While researching a 1 MW th Fast Internal Circulating Fluidized Bed (FICFB) gasification process, questions concerning the particle dynamics in the gas flows arose. The gas-solid flow of a FICFB is almost impossible to model accurately, either analytically or numerically. Building a semiindustrial plant is very expensive and there is no certainty that the semi-industrial apparatus will perform the planned task. Therefore, building a much cheaper, cold-flow model can be economically justified in order to verify the design and to reduce the possibility of an incorrect scale-up procedure to a hot, semi-industrial plant.
The FICFB gasifier being studied and discussed in this article is divided into two major fluidized-bed zones: a gasification zone (also called the reactor) and a combustion zone (also called the riser), see Fig. 1a . The solid fuel is fed into the high-temperature (~850 °C) tapered bed (gasification zone), which is fluidized with superheated steam (~600 °C). The hot bed material (quartz sand and catalyst) together with some remaining char moves from the gasification reactor to the riser though the chute. In the riser, the remaining carbon burns and heats up the bed material. The red-hot bed material is pneumatically transported through the riser to the cyclone, where it is separated and collected in a syphon. The syphon, fully filled with red-hot bed material, acts as a gas barrier between the reactors, i.e., the syngas and the flue gas. Surplus red-hot bed material from the syphon streams back to the gasification reactor and supports the endothermic gasification reactions with heat. A dual fluidized-bed system enables the production of a high-grade syngas that is practically nitrogen free. A more detailed description of this process is given in Hofbauer et al. [1] .
The hydrodynamics of such a system is essential for its design and operation, as discussed in a detailed study by Kaiser et al. [2] . Some studies of CFB loop predictions can be found in the literature.
Breault and Mathur [3] analysed a high-velocity-loop fluidized bed. Bai et al. [4] investigated a dual fluidized-bed system with two risers, down-comers and two valves. The authors showed the dominant influence of the solids inventory, the superficial gas velocities and the opening of the solids valves during the operation of the system. Kaiser and Lőffler studied the hydrodynamics of a dual fluidizedbed gasifier [5, 6] . Recently Leckner [7] describe the fluidization behavior at high velocities in wide vessels like commercial solid-fuel converters (12 MW th ), such as boiler furnaces and gasifiers. Bubbling, turbulent, and fast-fluidization regimes are analyzed [7] . A brief review by Rüdisüli et al. [8] presents pathways to the successful scale-up of fluidized-bed reactors. The most commonly described approach in the literature to achieve a hydrodynamic and reactive similarity in two fluidized beds is to use sets of dimensionless numbers, which should be kept constant in both scales [9] . Very challenging processes for scaling-up are reactive fluidized beds like gasification. A rather simplistic method of appropriately control the bubble growth in a scaled reactive fluidized bed is suggested in [8] and similar idea is also used in this article. Recently a lot of research was done on gas-solid conical spouted beds and their advantages in case of solid fuel gasification Lopez et. al. [10] and Saldarriaga et. al. [11] . Alia et. al. [12] introduced for the first time radioactive particle tracking as an advanced noninvasive technique to validate scale-up methodology. Resent review of biomass gasification modelling was made by La Viletta et. al. in [13] . Review of gasification fundamentals with new findings can be found in Mahinpey et. al. [14] .
Main goal of this article is to present the iterative procedure used for determining the cone angle of the fluidized bed biomass gasifier. The gasification of solid fuels is a high-temperature process involving heterogeneous solid-gas reactions and phase changing. This type of chemically reactive fluidized bed requires more effort for scaling up from a cold-flow model to the hot pilot scale. First, it is necessary to explore the tapered cold-flow model to get basic experimental data, like pressure drop and fluidizing velocities, to verify the mathematical model of fluidization. Then the mathematical model of gasification is set up. Scale-up process starts with both models. During the scale-up process, the main idea is to keep superficial velocity near to the state of full fluidization. In a case of inner-bed gasification, the reactor cross-section needs to be increased to keep the superficial velocity inside the limits for the desired i.e. bubbling fluidization regime. If some parameters of models are unknown, the best possible estimations need to be made. The results from one model are then entered into the other model. This way, the dimensions, i.e. cone angle of the gasification reactor, is then iteratively calculated/corrected until the proper, i.e., a similar, fluidizing regime is achieved over the entire layer of the bed. The proposed scale-up procedure was experimentally verified with measurements carried out during stable operation of 1 MW th semi-industrial gasifier. 
Experimental equipment
The experiments were performed in a cold-flow reactor and later in a 1 MW th semi-industrial gasifier that operates in Celje, Slovenia.
First, the basic engineering plans were made for the semi-industrial gasifier. To avoid the high costs of probable corrections to the semi-industrial unit, a decision was made to test the process in a small-scale, cold-flow unit. Therefore, the laboratory unit was designed and built in order to simulate the hydrodynamic process of the fluidization with air, under arbitrary conditions. Fig. 2a shows a laboratory unit.
The semi-industrial plant ( Fig. 1b and Fig. 2b ) was designed to take into account the heavy thermal and abrasive conditions that occur in it. The gas chambers are made of heat-resistant stainless steel and protected with refractories, so that the hot gas-solid flow does not affect the steel walls. The main gas-stream inputs are superheated steam and preheated air; the main outlets are syngas from the reactor and hot flue gas from the cyclone. The 1 MW th FICFB semi-industrial plant was designed on the basis of a study carried out using a cold-flow model. 
Designing the gasification reactor
When designing industrial applications, the gas flow used to fluidize the bed is typically chosen as a function of the desired fluidization state and the required mass and energy balances [15, 16] , and not as a function of the minimum gas velocity necessary to fluidize all the particles. In phase-change processes, large physical changes occur. For example, during the gasification of biomass, a solid fuel is reformed with steam or air into an alternative gaseous fuel. At the bottom of the reactor a gasification agent is vertically entering the reactor and reacts with the products of the biomass pyrolysis and exits at the top of the reactor as a syngas. During gasification the volume flow of the fluidizing gas is increased, and also its temperature and composition are modified. This causes the fluidization conditions/regimes to change with the bed height [17] . As shown in this paper, the shape of the reactor must be carefully chosen to achieve suitable process parameters.
For stable, solid-fuel gasification in a fluidized bed, several boundary conditions should be fulfilled: a.) for the efficient heat transfer between the gas and solid particles, we need long residence times for the solid-fuel particles inside the bed b.) establishing the inner circulation of the fuel particles and maintaining the buoyant fuel particles immersed in the bed throughout the whole heterogeneous reaction process [18] c.) the fuel pellets should be fed into the fluidized bed and after that the inner bed circulation of the fuel particles should begin [18] d.) the fluidization regime at the upper part of the bed should be kept in the lower part of the bubbling regime, to prevent the segregation of wood pellets and char particles on the surface of the bed e.) from other research, it is known that for bed fluidization, more steam is needed than the stoichiometric amount in equation [19] From other research, it can be predicted that the regime of a fully fluidized conical bed can implement the conditions a, b and c [20, 21] . At the fully fluidized regime, the bed particles in the centre move upwards and form the particle-core upward stream. Particles outside the core move downwards and a proper inner circulation is established [20] . If the superficial velocity is still increasing, the fluidization regime approaches the turbulent fluidization, which is undesirable due to the segregation of light char particles on the top. Simultaneously, the catalytic reaction conditions become worse due to the big-bubbles regime and the voidage increase. The gases and fuel particles need to be in contact with the hot-bed catalyst a much as possible.
Fig. 3. Reactor -dimensions, flows, chemical reactions

Mass and energy balance
For the successful design of the reactor we need to accurately predict the state of fluidization at the bottom and the top of the fluidised bed. To assess the state of fluidization, we need the following data: bed material data, volume flow, density, temperature and dynamic viscosity of the fluidizing gas. We need to model the mass and energy balance of the reactor and then solve this system in some way. In doing this, we took into account some of our own experiences from a cold model, like the fuel:bed material ratio.
More details about the chemical gasification model, the equilibrium reactions and the kinetics can be found in many references, e.g., [22, 23, 24] . The common composition of wood biomass (dry, ash free) can be expressed as CH 1.44 O 0.66 , and with this knowledge the stoichiometric steam demand for gasification can be calculated [19] :
The volatile matter of wood (dry basis) is ~86 % and the fixed carbon ~13 % [19, 24] . This means that in the case of wood pellets (with ~6 % water) more than 87 % of the fuel mass is reformed. The volume of the products after gasification is much larger than the volume of the gas reactants. This is evident from the chemical model of gasification, i.e., the Boudouard reaction and the water-gas reactions (Fig. 3) [24] .
Gasification products provoke changes in the fluidizer density ρ g and the viscosity η g . This further impacts on the superficial velocities v mf and v t , and, consequently, also affects the lower limit of the superficial gas velocity over the zone height. With an increasing gas volume flow in non-conical reactors, on account of the "inner" gasification, the superficial gas velocity would rapidly increase along the reactor height. The most important point when defining the gas composition and the physical conditions in the reactor is that the following parameters must be determined: gas density ρ g,i and gas viscosity η g,i at the bottom (point 0) and at the top (point 1) of the bed.
The bed material
The main characteristics of a bed material are its heat capacity and the ease with which it can fluidize the fuel -only biomass cannot be fluidized in the bubbling state. The most common, simple and effective method is to use dry quartz sand. But the advantage of chemical processes in fluidized beds is the use of a solid catalyst (e.g., Olivine). It increases the rate of chemical reactions and lowers the residual time of the fuel in the reactor. The heat capacity of the bed material and its regeneration/circulation rate must be high enough so that the endothermic gasification reactions do not force the temperature below the operating range. From operational experience, the volume of the bed material should be at least three-times higher than the volume of the solid fuel and the char. It is important to ensure that the fuel and char are completely covered and as much as possible in contact with the bed material or the catalyst. We have defined a stationary bed height L=500 mm. This bed has particles with density ρ p , particle sphericity Ø S , particle size distribution (psd) and bed voidage at the minimum fluidization velocity ε mf . At a mass flow of biomass equal to 170 kg/h the circulation rate of the bed material between the reactor and riser at approximately 562 kg/h maintains 780 °C in the reactor. In experiments, quartz sand was used as the bed material, middle B Geldart's particles.
Fluidizing velocities
The FICFB system is a multiple fluidized-bed system, with a bubbling fluidized bed in the reactor, chute and syphon and pneumatic transport in the riser. To achieve circulation of the bed material, the correct regimes must be reached at the same time. For small particles and low Reynolds numbers, the viscous energy losses predominate. Running the gasification in the range of the minimum fluidization velocity lowers the consumption of the gasification agent in the reactor, as well as lowering the consumption of energy and moisture in the raw syngas.
In the mathematical model the bed particles are ranked by size. For each particle size rank the proper equations should be used. In this particular case, we use the equation for calculating the minimum velocity of a fully fluidized bed v mff proposed by Kaewklum and Kuprianov [21] : (2) where:
In order to solve equation (6), a conical bed angle α and an inlet radius r 0 (diameter d 0 =2r 0 ) of the reactor should be presumed to start the iteration. 
Pressure drops
An estimation of the pressure drop across the fluidized bed is also very important for dimensioning the actuators (for example, a blower or steam generator) and measuring the components. This estimation gains further importance when designing industrial processes. The right selection of these elements can lower the energy consumption and raise the process efficiency. In order to estimate the pressure drop across the conical beds, a modified Ergun's equation was used [16] . (6) For industrial use, a further simplification was proposed in [21] . (7) Reactor dimensions -conical-bed angle α and gas-inlet diameter d 0 From the reactor-design point of view, it is important to define the reactor dimensionsespecially its cross-section. At the reactor's inlet and outlet the operational superficial gas velocity for the gasification v lim,g and combustion v lim,t zones must be greater than the minimum required for the desired fluidization state. We can define the following:
for gasification zone, subscript 0-inlet, 1-outlet,
Calculating the conical bed angle α is the last factor that defines the shape of the conical bed reactor. By calculating the gas volume flows and the superficial fluidization velocities at points 0 and 1 (bottom and top of the fluidized bed) the diameters of the reactor can be determined for point 1, which follows a trigonometry equation (9): As is clear in Fig. 3 , the top radius of the fluidized part of the bed r 1 is (9) At the end the actual gas velocity has to be as near as possible to the calculated value:
for the gasification zone, subscript 0-inlet, 1-outlet,
If the difference between v mff and v g,i is more than 20% of v mff , the conical bed angle α and gas inlet diameter d 0 have to be evaluated again. The flow chart of iteration loop is presented in Fig. 4 .
Fig. 4. Flowchart of calculation Experimental work
The continuous gasification process was achieved during stable particle circulation. The experimental units with the locations of the measuring points and height levels are presented in Fig.  2b . In the reactor (A) a bubbling fluidized bed was established. The angle of the chute (B) is designed in such a way that there is no solid flow if the particles are not fluidized. All the particles transported to the riser (C) are pneumatically lifted to the cyclone (D) and simultaneously heated up. With long residence times of the particles in the riser, the particles collect as much heat as possible. Red-hot particles are separated from the flue gas in the cyclone and finally gathered in the syphon (E). The auxiliary inlet (I 2 ) acts to fluidize the gathered hot particles and transport them to the reactor. Fluidization in the reactor is controlled using a statistical method, i.e., the pressure drop across the bed versus the superficial gas velocity, Mele et al. [25] . For simulating the particle dynamics in the reactor, the 1:1 cold-flow reactor was built and tested, see Fig. 5 . The calculated results were compared to the experimental, and the mathematical model was evaluated. The technical and process data for both reactors are gathered in Table 1 .
Monitoring the pressures and temperatures, as well as the gas and solid particle flows, is the most interesting activity during the experimental work. The measuring equipment was an Endress+Hauser PDM75 with a measuring range of 0-1000 Pa ± 1 Pa for the gas flow and a Siemens Sitrans 250 delta bar with a measuring range of 0-100 mbar ± 0.5 mbar for the fluidized-bed pressuredrop measurements. In the case of the semi-industrial FICFB gasifier, the temperatures were measured using NiCr-Ni thermocouples (type K) with a measuring range of 0-1250 °C ± 9.4 °C. The semiindustrial unit has a solid-flow sensor SWR SolidFlow FSM installed for measuring the mass particle flow using the latest microwave technology. The measuring field is generated through the special coupling of the microwave together with the metal pipe. The microwave coupled into the pipe is reflected by the solid particles and received by the sensor. The received signals are evaluated with regard to their frequency and amplitude. The sensor works like a virtual particle counter that counts the streaming particles per time unit. The frequency-selective analysis ensures that only the streaming particles are measured. The calibration of the sensor takes place in the installed state by entering the reference quantity. All the gas flows are measured with orifices. The locations of the measuring places are presented in Fig. 2 . The gas analysis in the semi-industrial plant was carried out with a custommade infrared gas analyser. The analyser measured the main gas components -hydrogen, oxygen, carbon monoxide, carbon dioxide and methane. The heating value of the product gas was calculated from the obtained composition. (1 MW) Φ m,f [kg/h] 170 * Gas inlet at the bottom of the reactor ** Gas outlet above the fluidized bed in the reactor
Results and discussion
The vital relative pressures, temperatures and gas flows in both units were monitored. Table 2 shows a comparison between the predicted (i.e., the mathematical model) and the experimental values of the minimum gas velocities for the fully fluidized bed and the pressure drop in the bed in the coldflow and semi-industrial reactor. The measured values are graphically presented in Fig. 5 and Fig. 6 as (v mff , Δp mff ). The comparison was made between the results evaluated using the Modal method [25] and the experimental results of Kaewklum and Kuprianov [21] and by actual experimental values in both units. The main purpose of this experiment was to evaluate and to check our mathematical model in the cold-flow reactor. On the basis of the cold-flow model, a semi-industrial system was designed, built and tested.
The experiments were made by fluidizing the quartz sand with cold air at approximately 40°C in a cold-flow reactor and with superheated steam at 670°C in the semi-industrial reactor. The average particle diameter was 400 μm. The stationary bed in both reactors was L=500 mm. Our primary interest was to control the fluidized bed near the minimum velocity of the fully fluidized bed and consequently to minimize the consumption of superheated steam as a gasification agent. The fully fluidized state was experimentally detected using the Modal method [25] . [21] for stationary bed heights of 200, 300 and 400 mm. It is clear that the results are in good agreement, with the difference being less than 20% (Fig. 5) . This gave us the motivation to continue the design of the semi-industrial reactor.
The main difference between the cold and the hot reactors' operating conditions was a phase change of the solid fuel at high temperatures in the semi-industrial reactor. The volume increase during the process of gasification can be predicted [19, 26, 27] . With the mathematical model, the minimum fluidization velocities at the bottom and at the top of the fluidized bed were calculated. At the bottom of the reactor the predicted superficial velocity of the superheated steam was 1.46 m/s, while at the top of the bed it was 1.23 m/s in order to achieve the fully fluidized state. The gas velocity of the fully fluidized bed determined using the Modal method was 1.25 m/s, which shows a 22 % deviation. In this case the predicted pressure drop is 58.6 mbar, which is only 3.8 mbar higher than the experimentally measured value (Fig. 6) .
By observing the volume flows at 0. (Table 1) . A large increase of the gas velocity can be expected if we have a non-conical reactor. This shows us that the gasification reactor must have a conical shape with an angle α established by the proposed method.
By optimizing the particle dynamics, we achieved stable operation between 0.7 MW th and 1 MW th , and a high calorific syngas composition. The calorific value of the dry syngas was 10 MJ/Nm 3 . The raw syngas contains 30 %vol. of water steam. To avoid short, undesirable defluidizations of the bed material under the minimum fluidization conditions and to produce more hydrogen in the syngas [28] the optimal operational superficial gas velocity in the reactor was v lim,g = v mff + 20%. The superficial gas velocities were 1.25 m/s at the bottom and 1.56 m/s at the top of the fluidized bed when having 0.7 MW th . At 1 MW th the superficial velocity of the steam was 2.03 m/s and 2.2 m/s of syngas (Fig. 6) . Finally, the gasification has stable operation when in excess of the minimum fluidization between 0.7 MW th and 1 MW th , and the pressure drop, once fluidization occurs, is no longer governed by Ergun's equation, but instead by support of the bed weight minus the buoyancy.
Conclusions
Fluidization is widely used in process industry. Fluidized beds provide a more homogenous temperature profile and better heat transfer, as well as allowing the possibility to use the catalyst as the bed material, and allow the use of a solid fuel with a wide size distribution of particles. At the outset, we carried out basic engineering procedures for the actual 1 MW th FICFB gasifier. Due to the high costs that would be incurred if there were errors in our model, the decision was made to test the process in a cold-flow unit. The proper construction and scaling of a cold flow model is still one of the most challenging aspects of fluidization technology, in particular with reactive fluidized beds. Chemical reactions during gasification and combustion cause variations in the temperature, density, composition and dynamic viscosity, all of which affect the particle dynamics, kinetics, mass transfer phenomena, etc. and finally the efficiency of the reactor. It is practically impossible to create the similarity by equalizing all the criteria in the scale-up set. However, even if we had been able to equalize all the scale-up parameters, it would still be based on assumptions. In order to evaluate the model, the results obtained from the experiments on the semi-industrial unit and the cold-flow model were compared to the mathematical model's results. In this paper, we propose a new design method for the gasification reactors. Due to gasification, the volume flow within the fluidised bed is increased. To sustain a suitable fluidization regime the use of a conical reactor is proposed. The angle of the reactor is determined iteratively based on the assumption that the fluidization regime should not change too much throughout the whole bed layer.
If the semi-industrial gasifier is operating continuously and producing syngas with the expected chemical composition, and if it has a similar pressure-flow profile as the cold-flow model, then it can be assumed that the scale-up was successfully designed. At this point, the systems are considered to be running in a stable loop.
